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a b s t r a c t

For optimal performances, proton exchange membrane fuel cells require fine water and thermal manage-
ment. Accurate modelling of the physical phenomena occurring in the fuel cell is a key issue to improve
fuel cell technology. Here, an analytic steady state diphasic 2D model of heat and mass transfer is pre-
sented. Through this model, the aim of this work is to study the influence of local events on the global
performances of a fuel cell. A part of the complete model is a microscopic representation of the coupling
between water transport and charge transfers in the electrodes. The thickness of the liquid layer around
the reactive agglomerates is deduced from the saturation. The evolution of the quantity of water within
ater management
wo-phase flow
odelling

urrent distribution
atalyst layer

the catalyst layer is monitored and its influence on the global performances of the cell is investigated.
In gas diffusion layers (GDLs), liquid and vapour water transport through are computed regarding the
temperature. The flow direction of cooling water modifies the current density distribution along the cell.
The impact of the direction of air and hydrogen feeding channels are investigated. It can modify greatly
the fuel cell mean current density and the net water transport coefficient. The counter-flow mode was
preferable. Likewise, thanks to a better membrane hydration, it results in independent performances

nlet r
regarding the hydrogen i

. Introduction

Fuel cells are considered as environmentally clean and efficient
nd they could be one of the main electricity generator systems of
he future. Even if their governing principles are known for more
han 150 years, optimizing fuel cells performances and reliabil-
ty demands sound understanding of various physical phenomena.
ecause of this complexity and to the technical difficulties asso-
iated with experiments giving access to local data, modelling
emains a key point for the improvement of this technology.

Thanks to their low operating temperature and to their high
ower density, polymer electrolyte membrane fuel cells (PEMFC)
re probably the most studied category of fuel cells, especially for

ransport applications, and significant advances were achieved in
he last few years.

In the early 1990s, Bernardi and Verbrugge [1] and Springer et al.
2] developed the first one-dimensional, steady state and isother-

∗ Corresponding author. Tel.: +33 383 595 560; fax: +33 383 595 551.
E-mail address: sophie.didierjean@ensem.inpl-nancy.fr (S. Didierjean).

378-7753/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.jpowsour.2010.03.027
elative humidity or stoichiometry.
© 2010 Elsevier B.V. All rights reserved.

mal models. These models were not complete but they provided the
basis of fuel cells transport modelling by considering phenomena
such as water transport in the polymer membrane and gas trans-
port in the gas diffusion layers (GDLs). They also emphasized the
importance of water management, the hydration of the membrane
being one of the key issue for electrical efficiency [3–5]. On the other
hand, it is also well-known that an excess of liquid water could hin-
der the access of reactive gases to the reaction sites (flooding) [6]
and reduce the fuel cell electrical efficiency by decreasing the actual
active area. In addition, some authors like Yi and Nguyen [7] or Chen
et al. [8] pointed out that water distribution in the cell depends
highly on the design of the flow field plates and on the flow config-
uration (co, cross, or counter flow), which must be considered for
an accurate and reliable prediction of fuel cell performances.

Likewise, an accurate modelling of the phenomena occurring
in the catalyst layers is required. The first and simplest approach

[9] consisting in considering catalyst layers as interfaces between
the GDLs and the membrane can lead to an overestimation of
the current density and it is probably unsuitable. Nevertheless,
a compromise must be achieved between the structural com-
plexity of the active layers and the simplicity and robustness of

http://www.sciencedirect.com/science/journal/03787753
http://www.elsevier.com/locate/jpowsour
mailto:sophie.didierjean@ensem.inpl-nancy.fr
dx.doi.org/10.1016/j.jpowsour.2010.03.027
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Nomenclature

Roman letters
A fuel cell area (cm2)
C concentration (mol m−3)
D water diffusion coefficient (m2 s−1)
e thickness (�m)
E voltage (V)
EW membrane equivalent weight (g mol−1)
RH relative humidity
I current density (A cm−2)
jC0 exchange current density (A m−2)
k sorption curves linearized slope
K absolute permeability of GDL (m2)
KH Henry’s constant (mol atm−1 m−3)
N molar flux (mol s−1 cm−2)
P pressure (atm)
R0 agglomerate radius (�m)
S saturation
T temperature (◦C)

Greek letters
˛C charge transfer coefficient
ε porosity
� active layer rugosity
� membrane water content
�Air air stoichiometry
�H2 hydrogen stoichiometry
� overvoltage (V)
�dry dry membrane density (g m−3)
� electro-osmotic drag coefficient

Subscripts
A anode
AC anodic channel
AE anodic electrode
C cathode
CC cathodic channel
CE cathodic electrode
CL catalyst layer
GDL gas diffusion layer
mem membrane

Superscript
D diffusion
EO electro-osmose

t
a
a
o
p
c
r
i
w
b
a

m
p
t

i/i + 1 number of the discrete element
IN entrance point of gases

he numerical codes and they are frequently regarded as porous
gglomerates composed of catalyst and carbon clusters coated with
thin ionomer layer. Such models are detailed by Sun et al. [10]

r Lin et al. [11] and lead to a more detailed description of trans-
ort phenomena. In this paper, we present a model developed for
ontrol purposes which must be able to compute water and cur-
ent density distributions whatever the operating conditions. That
s the reason why the active layers are considered as interfaces for

ater transport, i.e., their mass transport resistance is neglected,
ut the calculation of the concentration overpotentials relies on an
gglomerate description.
As far as the geometry is concerned, various kinds of
ulti-dimensional models have been proposed. In the simplest

seudo-2D approaches, the 1D description of coupled transfer
hrough the cell thickness is complemented by the description
urces 195 (2010) 5213–5227

of gas depletion and possibly temperature evolutions along the
bipolar plate channels [3,4,12]. Other papers describe complete
3D dynamic models [13,14] using Computational Fluid Dynamics
(CFD) solvers. However, because of high computation time, CFD
codes are not appropriate to be used for the control of fuel cells and
for the present work, a pseudo-2D model was preferred. Although
results of pseudo-2D model encountered in the literature [15–18]
refer to co-flow mode, an interesting aspect of 2D “along the chan-
nel” models is the ease with which different flow configurations
can be investigated and compared. In our case, we investigate how
co- and counter-flow modes affect water distribution and electrical
performances. A thermal model is also developed in order to take
account of the coupling between temperature, water and current
density distributions.

2. Water transport model

2.1. Water transport through the cell thickness

Mass fluxes in fuel cells are complex because many components
(water in vapour or liquid phase, oxygen, nitrogen, hydrogen) are
present in materials of different structure and functions. In order to
focus on the prevailing phenomena, the transport of air and hydro-
gen through the gas diffusion layers is not taken into account: a
preliminary comparison with a multi-component Stefan–Maxwell
diffusion model proposed by Ramousse [19] showed that in usual
conditions, gas diffusion has no significant impact on water trans-
port. However, the consumption of oxygen and hydrogen along the
bipolar plate channels is included in the model. The total pressure
is assumed uniform in the whole cell and the electrode mass trans-
port resistances are neglected: they are considered as interfaces
between the GDLs and the membrane.

2.1.1. Membrane
2.1.1.1. Diffusive water flux. As reported by Laporta et al. [20], water
is liquid in the polymer membrane, which is also assumed impervi-
ous to all other fluids. Fick’s law is used for estimating the diffusion
contribution to the total water flux (in the direction z perpendicular
to the membrane plane):

ND
m = −Dm

dCw

dz
(1)

where Dm is the effective diffusion coefficient of water through the
membrane (assumed constant). The membrane water content � is
a non-dimensional concentration defined by:

� = EW

�dry
Cw (2)

where EW is the equivalent weight and �dry is the density of dry
membrane. Denoting �AE and �CE the water contents at the anode
and cathode sides, respectively, the diffusive water flux is equal to:

ND
m = Dm

�dry

EW

�AE − �CE

em
(3)

This flux is counted positive from the anode to the cathode. �AE
and �CE depend on the relative humidity of the gas mixtures at
the GDL–membrane interfaces according to the sorption isotherms.
However, although measuring sorption isotherm is a common prac-
tice, very few data are available in the literature and since they were
obtained with membranes alone, they must be used with caution in
the case of a membrane/electrode assembly (MEA). For this reason
and for the sake of simplicity, the sorption curves found in [21,2] at

T = 70 and 30 ◦C are approximated by a linear relation (Fig. 1): the
slope of the resulting line k is close to 10 and it does not depend on
the temperature, thus one can write:

� = k.RH (4)
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Fig. 1. Linearization of the sorption curves.

When the membrane is immersed in liquid water its water
ontent �liq is higher than �vap-sat in a saturated gas at the same
emperature T: this phenomenon is referred to as the Schröder
aradox [22]. When the membrane–electrode interface is in con-
act with both liquid water and saturated gas, it is assumed that the
esulting water content is equal to [2,23]:

= (1 − S)�vap-sat + S�liq (5)

sually, the saturation S is defined as the fraction of the pore vol-
me occupied by the liquid phase: S = Vliquid/Vpore; in the case of an

nterface, S is considered equal to the fraction of the surface in con-
act with the liquid. According to Weber and Hickner [24], �liq = 20.4
t T = 80 ◦C and Hinatsu et al. [21] gives �liq = 20.4 (for Nafion 117)
o that 19 ≤ �liq ≤ 20.4 between 70 and 80 ◦C. As a consequence,
onsidering that �liq − �vap-sat ≈ 10 ≈ k, Eq. (5) becomes:

= k(1 + S) (6)

Hence, the diffusive water flux through the membrane can be
ritten as:

D
m = XAE − XCE

Rm
(7)

ith Rm = (emEW)/(Dm�dryk) the mass transfer resistance. X = RH
or vapour only while X = S + 1 in the presence of liquid.

.1.1.2. Electro-osmotic water flux. The protons drag water
olecules when flowing from the anode to the cathode. This

lectro-osmotic flux is frequently expressed as:

EO
m = �

I

F
(8)

The electro-osmotic coefficient � stands for the number of water
olecules dragged by each moving proton. Among the various

xpressions of � available in the literature (none of them being fully
atisfying), the drag coefficient is chosen equal to one [25].

The actual water flux through the membrane is equal to the sum
f ND

m and NEO
m .

.1.2. Gas diffusion layers

The nature of water fluxes through the GDLs depends strongly

n the presence of liquid. In the following, Darcy’s law is used to
escribe the transport of liquid whereas the vapour flux is assumed
o be purely diffusive. In practice, two different models are used
epending on these two cases; if only a part of the GDL is dry, the
urces 195 (2010) 5213–5227 5215

location of the interface between the wet and dry zones is treated
as an additional unknown.

2.1.2.1. Water transport in vapour phase. If water is in vapour phase
at both sides of the GDL, its flux is assumed to be purely diffusive
(the convective transport of vapour by the reactant gases passing
through the GDLs is neglected) and given by Fick’s law:

ND
m = −DGDL

dCw

dz
(9)

DGDL is the effective diffusion coefficient of vapour through the GDL.
It is smaller than the diffusive coefficient of vapour into the bulk
gas (air or hydrogen) because in porous media molecules follow
longer pathways. To take account of this, the effective diffusion
coefficient depends on the porosity and on the tortuosity of the
medium. According to the Bruggeman relation for granular packed
bed [26], DGDL is given by:

DGDL = ε1.5Dvapor→gas (10)

An effective diffusion coefficient in fibrous medium was
reported by Pharoah et al. [27] showing that, with a GDL porosity
of 0.8, the Bruggeman relation slightly over estimates the diffusion
coefficient. This result is consistent with the theory developed by
Nam and Kaviany [28].

By considering the vapour as a perfect gas, its concentration in
the GDL can be written as:

CW = RH

RT
PSAT(T) (11)

With RH the relative humidity:

RH = PH2O

PSAT(T)
(12)

Using Eq. (11) in the Fick’s law (9) leads to express the vapour
water flow through the GDLs as:

NGDLvap = �RH

RGDL
(13)

with RGDL = eGDLRT/PSATDGDL the GDL mass transfer resistance and
�RH the difference in relative humidity between both sides of the
GDL. NGDLvap is counted positive from the anode to the cathode.

2.1.2.2. Water transport in liquid phase. Liquid water can appear
when vapour reaches its saturation partial pressure. In the GDL, the
vapour is supposed to be in equilibrium with the liquid so that the
relative humidity is uniform and equal to 1. As a consequence, the
vapour diffusive flux is neglected and the mass transfer between
the vapour and liquid phases is not considered. Darcy’s law is used
to describe the liquid water transport through the porous medium:

NGDLliq = −KKrl

	w

�w

Mw

dPliq

dz
(14)

where K is the permeability of the medium, Krl the relative perme-
ability of the liquid phase, 	w the water dynamic viscosity and Pliq
is the pressure of the liquid. �w is the density of water and Mw its
molar mass.

According to the definition of the capillary pressure Pcap and tak-
ing the GDL hydrophobicity into account, Pliq = Pcap + Pgas. Pressure
losses are neglected and the total gas pressure Pgas is constant over
the whole cell. Then, it comes:

dP
liq

dz
= cap

dz
(15)

The permeability and the capillary pressure depend on the
saturation and the relations between Pcap, Krl and the satura-
tion are intrinsic properties of the porous medium. The models of
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Table 1
Estimates of the main structural properties of GDL and electrodes.

GDL Electrodes

ε 0.7 0.4
D (�m) 10 1

depicted in Fig. 3: � stands for the fraction of the cathode GDL thick-
ness where water flows in liquid phase. At the interface between
liquid and vapour zones RH� = 1 and S� = 0. The location of the inter-
face between the two zones (�) is chosen so that the fluxes are equal
in both of them.
216 S. Chupin et al. / Journal of Po

ermeability and capillary pressure used in almost all fuel cell stud-
es rely on empirical correlations established from experimental
bservations on soil and sand samples. GDL has radically different
tructures: they are made from carbon fibres and they are treated
o be partially hydrophobic so that their transport properties also
epend on the spatial distribution of the hydrophobic agent. These
roperties are difficult to measure because of the small thickness
f the samples and of the anisotropy of the materials [29–31]. They
an also be estimated by simulation in capillary network models
32].

In this work, the correlations deduced by Kumbur et al. [33]
rom the experimental results of Gostick et al. [29] are used. For
aturations ranging from 0 to 0.8, the capillary pressure measured
n commercial GDLs is well correlated by:

cap = (12.9S + 4.85S2) × 103 Pa (16)

Reducing the saturation range to 0 ≤ S ≤ 0.6 makes it possible to
se a simpler equation:

cap(S) = P0S˛cap (17)

ith P0 = 10.54 × 103 and ˛cap = 0.94.
Combining Eqs. (14)–(16) gives:

GDLliq = −KKrl

	w

�w

Mw

dPcap

dS

dS

dz
(18)

Kumbur et al. [33] propose the following relation between the
elative permeability and the saturation:

rl = S2.16 (19)

And introducing (17) and (19) in the flow Eq. (18) leads to:

GDLliq = − AB

eGDL
�S˛cap+2.16 (20)

ith AB = (�wK/Mw	w)P0˛cap/(˛cap + 2.16). �S stands for the dif-
erence between the saturations at both ends of the GDL.

Note that since the capillary pressure is continuous in porous
edia, there is necessarily a saturation step at the interface

etween two different materials. This is not accounted for between
he GDL and the gas channel because of the complexity of the
henomena occurring at this interface (the flows/fluxes are in per-
endicular directions).

However, the saturation step at the GDL/electrode interface can
e (roughly) estimated. Considering the active layer as a granular
orous medium, it is possible to use the equation of Leverett [34]
o express the capillary pressure as a function of the saturation, the
orosity and the absolute permeability:

cap(SAL) = 
 cos (�)
(

εAL

KAL

)1/2
J(SAL) (21)

ith J(S) = 1.417S − 2.12S2 + 1.263S3 the Udel’s polynomial function
35]. The absolute permeability of the active layer is estimated by
he equation of Kozeny–Carman [36,37]:

= ε3D2
por

36kc(1 − ε)2
(22)

ith kc the Kozeny–Carman constant, equal to 5, and Dpor the char-
cteristic dimension of the pores. In the GDL, the capillary pressure
s still estimated using the simplified version (17) of the correla-
ion of Kumbur. The structural differences between the GDLs and
he active layers are presumably very important but starting from

stimates of their main properties given in Table 1, the continuity of
he capillary pressure (the equality of Eqs. (17) and (21)) implicates
hat saturation in the active layer at interface with the GDL is close
o zero regardless of the saturation in the GDL. Actually, S0

AL remains
ower that 0.01 even if SGDL reaches one. This result is consistent
por

K (m2) 2.12 × 10−12 3.06 × 10−16


 (N m−1) 0.0625 0.0625
cos (�) 0.5 0.5

with those of a recent work by Nam et al. [38]. Consequently, one
can reasonably assume that the saturation in the electrode at the
interface with the active layer is S0

AL = 0. However, one must also
take into consideration the saturation gradient within the active
layer. For the sake of simplicity, let us neglect the source term, i.e.,
the water flux through the electrode is much lower than the water
production, and assume that Eq. (21) is still valid for estimating the
capillary pressure, while the relative permeability is given by Corey
[39]: Krl = S3. The equality of the water flux in the GDL (20) and in
the active layer yields:

AB

eGDL
S˛cap+2.16

CE = AU

eGDL

(
1.417

4
SAL(z)4 − 4.24

5
SAL(z)5

+3.789
6

SAL(z)6
)

(23)

where

AB = (�w/Mw	w)
 cos(�)KAL(εAL/KAL)1/2 (24)

and SAL(z) is the saturation in the active layer as a function of the
thickness coordinate z.

Since the water content of the active layer is supposed homo-
geneous in the transport model (Section 2), one must consider the
mean saturation 〈SAL〉 in the active layer: in this case, as illustrated
in Fig. 2 there is a step between 〈SAL〉 and the interface value of SGDL,
the mean saturation in the active layer being about 1.5 times higher
than at the GDL/active layer interface.

2.1.2.3. Two-zone model. In some cases, the GDLs have to be split
into two zones: one where water is in vapour phase only and a
second where the transport occurs in liquid phase. An example is
Fig. 2. Step of saturation at the active layer/GDL interface εCE = 0.7 and εAL = 0.3.
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Fig. 3. Partially saturated cathodic gas diffusion layer (GDL).

.1.3. Electrical analogy
In some cases, the 1D equations detailed above for computing

ater transport from one channel to the other can be represented
sing an electrical analogy: the potentials or forces are the rela-
ive humidities, and the current is the water flux. The equivalent
ircuit is represented in Fig. 4 where the water flux through the
embrane appears as the algebraic sum of a diffusive flux and a

onstant electro-osmotic flux.
In the absence of liquid and considering the main hypothe-

es for mass transfer, the governing equations are linear and the
lectrical analogy is perfectly justified. This is no more the case
n the presence of liquid water since the potential is either S (at
he GDLs interfaces) or 1 + S (at the membrane interfaces); further-

ore, the equation governing the liquid flow through the GDLs
20) is not linear. However that may be, calculating water fluxes
hrough the thickness of the MEA leads to a system of five equa-
ions with five unknowns: three fluxes (in the anode and cathode
DL and in the membrane) and two forces or potentials (at the
embrane interfaces). If there is liquid at only one side of the GDL,

ne more equation and an additional unknown (�) are necessary
nd finally, up to seven equations with seven unknowns have to be
olved.

There is four key interfaces in the MEA: (1) anode channel/GDL;
2) anode GDL/membrane (the electrode being not considered
or water transport); (3) cathode membrane/GDL; (4) cathode
DL/channel. Depending on the state of water at these four inter-

aces, 16 different cases can be obtained, among which four are not
onsistent with the conservation of mass (in steady state). Thus,

2 acceptable cases must be considered. The transition between
hese cases corresponds always to RH = 1 and S = 0 at one of the four
nterfaces.

Fig. 4. Electrical equ
Fig. 5. Pseudo-2D mass balance.

2.2. Along the channels

2.2.1. Mass balance
The fuel cell is fed by humid air and pure hydrogen. From gas

inlet to outlet, the MEA and the gas channels are divided into
small volume elements. In each elementary slice, water transport
through the GDLs and the membrane is computed using the 1D
model. The second dimension corresponds to the flow of water, air
and hydrogen along the channels (Fig. 5).

Mass balances in the channel element i allow to compute the gas
concentrations, the relative humidity or the liquid saturation used
as boundary conditions in the following element (in the direction
of the flow):

Anode channel :
Ni+1

H2O A = Ni
H2O A − Ni

A

Ni+1
H2

= Ni
H2

− 1
N

I

2F

(25)

and

Cathode channel :
Ni+1

H2O C = Ni
H2O C + Ni

C

Ni+1
H2

= Ni
H2

− 1
N

I

4F

(26)

It is assumed that all gaseous species move at the same velocity
in the channels, so that the molar fraction of water is equal to the
ratio of the molar flux of water to the total gas flux, which gives this
expression for the relative humidity:

RHi+1 = P Ni+1
H2Ovap (27)
The saturation in the gas channel is deduced from the gas and
liquid water flow rates by means of the stratified Poiseuille flow
theory. Stokes solution gives mass flow ratio of the two fluids

ivalent circuit.
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Fig. 6. Co- or counter-flow configurations.

s a function of the ratio of their dynamic viscosities and of the
ross-section fractions (from which the saturation is deduced). The
emperature dependence of the fluid viscosities is estimated using
utherland’s formula for dry gases and Wilke’s formula [40] for
as mixtures. However, water condensation and flow in the gas
hannels are intrinsically intermittent phenomena and consider-
ng them in steady state is only an approximation. The literature
escribing two-phase flow in channel with a low liquid fraction is
carce [41,42].

.2.2. Co- and counter-flow
This model allows the investigation of different gas flow config-

rations.
The bipolar plates at the anode and at the cathode are considered

s identical and symmetrical so that the gas channels are parallel
s shown in Fig. 6. Thus, hydrogen and air can only flow in the
ame direction (co-flow configuration) or in opposite directions
counter-flow configuration). Cross-flow configurations are not yet
onsidered in this model.

. Output voltage

The current density I is computed in each discrete element, the
uel cell output voltage being expressed as:

(T, P) = Eth(T, P) − �C − �m (28)

here Eth(T,P) is the thermodynamic open-circuit voltage. �C is the
otential drop at the cathode and �m stands for the ohmic loss in the
embrane. The potential drop at the anode is neglected compared

o that at the cathode.

.1. Thermodynamic potential

2 + 1
2 O2 ↔ H2O (29)

At constant temperature and pressure, the maximum work that
an be produced by a fuel cell is equal to the Gibbs free energy of
eaction (25) �g(T,Pi), which yields the following expression for
he thermodynamic open-circuit voltage:
th(T, P) = −�g(T, Pi)
nF

(30)

ith n = 2. Thermodynamics makes it possible to express this volt-
ge as a function of temperature and concentration or partial
urces 195 (2010) 5213–5227

pressure variations from a standard state (T0,P0), which leads to
the Nernst equation:

Eth(T, P) = E0 − �s0

nF
(T − T0) − RT

nF
ln

1

x0
H2

(x0
O2

)
1/2

− RT

nF
ln

(
P0

P

)3/2

(31)

x0
H2

and x0
O2

are the molar fractions of the reactants at the cell

entrance. �S0 is the entropy of the reaction in standard conditions;
it is considered as constant in the temperature range of the fuel cell.
The thermodynamic voltage in the standard conditions E0 is equal
to 1.23 V.

3.2. Ionic resistance of the membrane

The membrane ohmic drop �m is given by:

�m = RmI (32)

where the ionic resistance of the membrane Rm depends on its local
ionic conductivity 
m. Among the various relations of the litera-
ture giving the proton conductivity of membranes as a function
of water content and temperature [43], the equation proposed by
Zawodzinski et al. [25] is retained. Since the membrane water con-
tent is generally non-uniform (Ramousse [19]), its average ionic
resistance Rm is obtained by integrating the local values over the
membrane thickness:

Rm =
∫ em

0

1

m(z)

dz (33)

Considering the hypotheses of Section 2.1.1 and in a one-
dimensional approach, the water content profile through the
membrane can be considered as linear (the electro-osmotic flow
does not depend on the water content and the diffusion coefficient
is constant and uniform) and it can be deduced from the water
content at the interfaces expressed as a function of RH and S.

Ohmic drops in the other MEA components (electrodes, bipolar
plates, backing layers, etc.) and contact resistances are neglected.

3.3. Activation and concentration overpotentials

The electrode overpotentials are well described by the
Butler–Volmer equation. The lack of efficiency of PEM fuel cell
in terms of electrochemical conversion is mostly due to the oxy-
gen reduction at the cathode. This slow reaction (compared to
the hydrogen oxidation) results in a high overpotential �C and the
Butler–Volmer equation can be simplified into the Tafel law [44]:

�C = RT

˛CnF
ln

(
j

jC0

)
+ RT

˛CnF
ln

(
C∗0

O2

C0
O2

)
. (34)

The exchange current density at the cathode jC0 depends on the
temperature. Starting from the experimental data of Parthasarathy
et al. [45], Berning et al. [9] and Ju et al. [46] derived the following
equation:

jC0 = �4.410−3exp
(

−16456
1
T

− 1
353

)
(35)

The roughness factor � is the ratio of the effective platinum sur-

face (on which the reaction occurs) to the electrode plane area. The
actual current density j by reference to the total active surface and
the usual current density I (by reference to the MEA plane area)
are related by: I = j� . C∗0

O2
is the reference oxygen concentration cor-

responding to the exchange current density jC0 [10] and C0
O2

is the
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Fig. 7. Agglomerates in the porous electrodes.

xygen concentration on the active site during fuel cell operation.
ccording to (35), jC0 increases significantly with the temperature

from 2.32 × 10−2 A m−2 at 323 K to 1.76 A m−2 at 353 K).

.3.1. Agglomerate shape and dimension
Understanding the various physical phenomena (ionic, elec-

ronic, heat, and mass transfer) taking place at different scales in
he catalyst layers is one of the most challenging area of fuel cell

odelling. In practice, the geometrical and chemical structure of
he catalyst layers depend on the MEA making process and it has a

ajor influence on the actual reaction area. In detailed models, cat-
lyst layers are often considered as porous agglomerates consisting
f a homogeneous mixture of carbon, ionomer and platinum or as
mixture of carbon powder and catalyst particles while the elec-

rolyte is assumed to cover only the surface of the pores [10,47–49].
his last representation was retained in the model (Fig. 7).

Two geometrical descriptions of the agglomerates are gener-
lly encountered. Madhusudana Rao et al. [50] as well as Lin et al.
11] consider a network of cylinders of length equal to the cata-
yst layer thickness and of 0.1 �m in diameter. Sun et al. [10] and
aouen et al. [49] considered spherical agglomerates with a diam-
ter of 1 �m (in some other models, the diameter can be smaller:
.1 �m in [50,11], 0.5 �m in [51]). Analysing SEM images, Broka and
kdunge [52] found that the agglomerates characteristic size ranges
etween 1 and 5 �m while Siegel et al. [53] reported slightly higher
alues with a mean size of 6 �m. In this work, the agglomerates are
onsidered as spheres of radius R0 equal to 1 �m (Fig. 7).

.3.2. Concentration overpotential at the cathode
Water produced by the electro-chemical reaction is assumed to

ppear at the interface between the carbon and platinum agglomer-
te and the polymer coating. Moreover, the assumptions described
n Section 2.1.2 entail the possible existence of a thin layer of liquid
overing the solid phase. The oxygen must diffuse through these
wo layers before reaching the reaction sites. The oxygen concen-
ration at the reaction point C0

O2
depends on the liquid water layer

hickness (ıw) and on the Nafion layer thickness (ın) as well as on

he partial pressure PO2 in the pores of the catalyst layer (Fig. 8).
he value of the coefficient of diffusion of oxygen in Nafion is not
nown accurately but considering that the polymer covering the
gglomerate is well hydrated by produced water, it should be close
o the coefficient of diffusion of oxygen in liquid water Dagglo

O2
. Thus
Fig. 8. Liquid layer covering the agglomerate.

numerically, oxygen diffusion occurs through an equivalent layer
of thickness ı = ın + ıw and its flux is given by:

NO2 = Daggl
O2

C inter
O2

− C0
O2

ı
(36)

C inter
O2

is the concentration of oxygen in equilibrium with the gas

phase, given by Henry’s law: C inter
O2

= KHPO2 with KH(T) the Henry
constant.

The thicker the liquid layer, the lower the oxygen concentration
C0

O2
at the reaction point so that when the maximum thickness ımax

is reached C0
O2

= 0. Knowing the oxygen flux, ımax is given by:

ımax = D

NO2

C inter
O2

(37)

And the concentration ratio in the Tafel law (34) becomes:

C∗0
O2

C0
O2

=
C∗0

O2

xO2 PKH

(
ımax

ımax − ı

)
(38)

In various studies the thickness of Nafion around the agglomer-
ates ın varies between 10 and 100 nm [54,49,10]. Here ın is equal
to 50 nm. Assuming a uniform distribution of water around the
spheres, the thickness of the liquid layer ıw can be expressed as:

ıw = R0

(
3

√
1 + 〈SAL〉

εAL

1 − εAL
− 1

)
(39)

εAL is the porosity of the active layer, R0 is the radius of the agglom-
erates and 〈SAL〉 is related to SCE through Eq. (23).

4. Macroscopic thermal effects

A part of the available hydrogen/oxygen energy is converted
into heat. Internal heat production induces local temperature non-
uniformity through the cell thickness (Vie and Kjelstrup [55]),
which is not considered in the following, and a macroscopic tem-
perature distribution along the gas channels. These temperature
profiles have been observed experimentally (Maranzana et al. [56])

and they are highly correlated with the current density and with the
appearance of liquid water. Adzakpa et al. [57] presents a 3D ther-
mal modelling of a fuel cell and the temperature evolution along
the gas distribution is shown.
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Table 2
Default values of the parameters.

Value Units Ref.

Operating conditions
Cooling temperature (T inlet

cooling
) 70 ◦C

Pressure (P) 1.6 bar
Air stoichiometry (�Air) 2 –
Hydrogen stoichiometry (�H2 ) 1.3 –
Air inlet relative humidity (RH1

CC) 0.7 –
Hydrogen inlet relative humidity (RH1

AC) 0.1 –
Voltage (E) 0.7 V

Material properties and geometry
Active area (A) 340 cm2

GDL thickness (eGDL) 200 �m
Membrane thickness (emen) 20 �m
GDL porosity (εGDL) 0.8 –
Catalyst layer porosity (εCL) 0.5 –
Membrane equivalent weight (EW) 1100 g mol−1

Dry membrane density (�dry) 2020 × 103 g m−3

GDL absolute permeability (K) 2.55 × 10−12 m2 [28]
Water diffusion coefficient in the membrane (Dm) 3 × 10−9 m2 s−1 [28]
Water diffusion coefficient in O2 3.16 × 10−5 m2 s−1 [19]
Water diffusion coefficient in H2 1.61 × 10−4 m2 s−1 [19]

Physical parameters
Agglomerate mean radius (R0) 1 �m [10]
Thickness of electrolyte film covering each agglomerate (ın) 50 nm
Reference exchange current density, jC

0 at T = 70 ◦C 2.32 × 10−2 A m−2 [10]
Reference O2 concentration, C∗0

O2
at T = 70 ◦C 0.85 mol m−3 [10]

Cathode transfer coefficient (˛C) 0.4 – [10]
Catalyst layer roughness (�) 100 –
Henry’s constant at 25 ◦C (KH) 3.2 mol atm−1 m−3
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account of the coupling between the temperature, the water flux,
and the current density. Water can flow in the same or opposite
direction as either of the gases. The fuel cell voltage is constant and
homogeneous.
Simplified correlations
Slope of linearized sorption curves (k)
Maximum water content in the membrane, �vap-sat at T = 70 ◦C

.1. Heat sources

The amount of heat produced by the fuel cell Qtotal is given by:

total = �h

2F
− E(T, P)I + QH2O (40)

here �h is the enthalpy of the hydrogen oxidation reaction (29)
onsidering that water is produced in vapour phase. The first term
n the right-hand side of (40) depends directly on the fuel cell volt-
ge and current intensity. According to Ramousse et al. [43,58], the
econd term QH2O depends on the water fluxes described in Section
. Strictly speaking, it is related to the phase change of water in the
DLs (Q H2O

state change) and also to the sorption/desorption processes at
he membrane interfaces. However, the heat of sorption of water
eing fairly close to its the latent heat of vapourization [19], there

s no global heat production linked to the flux of water through
he membrane in steady state: sources and sinks at the anode and
athode interfaces compensate each other.

The cell temperature being assumed uniform in the through-
lane direction, the sum of the heat sources induced by phase
hanges of water within the whole MEA and the gas channels is
imply given by Q H2O

state change = Lvap�NGDL
H2O, where �NGDL

H2O stands for
he net amount of liquid flowing out from each volume element.

.2. Cooling water temperature profile

For the sake of simplicity, the cooling circuit which controls the
emperature of the fuel cell is assumed parallel to the gas chan-
els and it is also divided into small volume elements (Fig. 9). The

urpose of this work being to investigate the effects of tempera-
ure profiles along the gas channel, the temperature of each MEA
lementary volume is assumed equal to that of the cooling water.
lthough the good thermal conductivity of the bipolar plates mate-
ial justifies partially this hypothesis, it is well known that the
10 –
20.4 – [24]

temperature is not uniform through the cell thickness [19,55,58]
and a more detailed study taking fully into account the coupling
between heat, mass and charge transfers will be carried out in the
future. As shown in Fig. 9 the cooling circuit is located between
two adjacent cells (with identical operating conditions) and the
end effects are neglected.

Starting from the local heat production, the rise in cooling water
temperature between elements i and i + 1 is given by a simple heat
balance:

Ti = Ti−1 + Q i
total

qcoolingCpcooling
, (41)

With Cpcooling the water heat capacity and qcooling its mass flow
rate. qcooling is chosen so that the difference between the inlet and
outlet temperatures is about 5 ◦C, as observed experimentally in
usual conditions (see Table 2). An iterative loop is necessary to take
Fig. 9. Cooling water channels between adjacent cells.
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value of the saturation remains under 4%, the current density drops
as soon as liquid water appears at the cathode as a consequence of
the rise of the concentration overpotential entailed by the diffusion
of oxygen through the thin liquid layer covering the agglomerates.
ig. 10. Water distribution through the cell for default simulation parameters, co-fl

. Results

The model makes it possible to investigate the current density,
ater content, and temperature profiles along the gas channels. In
first part, the temperature is kept constant and next, the effects
f its macroscopic variations are discussed.

.1. Main parameters

The choice of the parameter values is a crucial issue for numer-
cal simulation. In the case of fuel cells, the models need generally

large number of data describing the operating conditions and
haracterising the materials. Actually, those related to transport
henomena through the porous media of the MEA are rarely well
nown. This is the case for instance of the water diffusion coeffi-
ient in the membrane. In the same way, the constants appearing in
afel law (34) depend on the catalyst layer making process as well
s on the operating conditions. The high sensitivity of the results
o such parameters can make them difficult to interpret but it also
eflects the significance of some physical phenomena. The list of
he parameters and their default value are given in Table 2. Most of
he data come from [10,19,28] and [59].

.2. Current density profiles and water distribution

.2.1. Uniform temperature in the cell

.2.1.1. Co-flow simulations at uniform temperature. Hydrogen and
ir are fed to the fuel cell at the same end with relative humidities
HIN

CC and RHIN
AC (Table 2) and they flow in the same direction. In

rder to facilitate the interpretation of the water content and cur-
ent density profiles in Figs. 10 and 11, the temperature is first kept
niform (70 ◦C). Fig. 10 depicts the evolution of the water content

n terms of relative humidity and saturation at the GDL/electrode
nterfaces and in the channels. It shows that close to the inlet, the
elative humidity decreases in the cathode channel while it rises

n the three other points, denoting the existence of a water flux
hrough the cell thickness: the vapour tends to diffuse toward dry
ydrogen. Beyond 15% of the total channel length, the water con-
ent increases monotonously along the anode and cathode flows
nd some liquid appears at the cathode/GDL interface near the mid-
nfiguration, uniform temperature, E = 0.7 V, T = 70 ◦C (air and hydrogen inlet in 0).

dle (52%) of the channel. Then, condensation occurs in the anode
channel and shortly downstream, in the cathode channel. Once liq-
uid water is present from one channel to the other (beyond 75% of
the cell length), the saturations increase slowly so that the max-
imum values at the exit are lower than 4% (at the electrode/GDL
interfaces).

The humidity and saturation profiles are strongly correlated to
the current density distribution, as shown in Fig. 11 for two values
of the (uniform) temperature: 70 ◦C in blue (—) and 75 ◦C in green
(- - -). In both cases, the current density rises in the first part of the
fuel cell thanks to the increase in membrane hydration and to the
decrease of its ionic resistance. However, although the maximum
Fig. 11. Current density profile along the cell as a function of (uniform) temperature.
Default simulation parameters, co-flow configuration (air and hydrogen inlet in 0),
E = 0.7 V.
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5.2.2. Influence of the macroscopic temperature profile
In this section, two cases are considered depending on the direc-

tion of the flow of cooling water by reference to hydrogen: co-flow
ig. 12. Water distribution through the cell for default simulation parameters, cou
nlet in 1).

imilar tendencies are observed at 75 ◦C, except that due to the
igher saturation pressure, liquid appears further away from the

uel cell inlet. As a consequence, the average relative humidity in the
ir channel is lower at 75 ◦C than at 70 ◦C and the membrane resis-
ance increases from 0.128 to 0.130 � cm2 (in spite of the higher
emperature). However, the prevailing effect in terms of fuel cell
erformances is the enhancement of the cathode exchange current
ensity jC0 (35), which improves the mean current density 〈I〉 by
lmost 10%.

Finally, Fig. 11 put forward the large heterogeneity in local cur-
ent density, which ranges from 0.3 to 0.8 A cm−2 at 70 ◦C. This
orresponds to a dispersion of 73% with reference to the mean value
0.68 A cm−2).

.2.1.2. Counter-flow simulations at uniform temperature. In
ounter-flow mode, the air and hydrogen inlets are at the opposite
nds of the fuel cell. In the following figures, the origin of the
orizontal axis corresponds to the hydrogen inlet and air outlet.
ig. 12 depicts the profiles in relative humidity and saturation at
he GDL/electrode interfaces and in the channels. By comparison
ith Fig. 10, the liquid occupies a much larger fraction of the cell

nd the values of the saturation are higher. Liquid water is always
resent in the fuel cell cross-section, except near the hydrogen

nlet (beyond 95% of the channel length).
The corresponding current density profile is plotted in Fig. 13

blue (—)). Thank to a better hydration, the membrane ionic resis-
ance is lower in counter-flow than in co-flow (0.092 � cm2 instead
f 0.128 � cm2) and the average current density is about 8 to 10%
igher. The increase in concentration overpotential induced by the
resence of liquid at the cathode has a low impact. Fig. 13 also
oints out a steady increase in current density along the hydrogen
hannel, except for the small zone near the outlet where liquid
isappears and where the membrane ionic resistance increases

ecause of a large water flux through the membrane toward the
nsaturated air. Finally, the local current density ranges from 0.55
o 0.87 A cm−2, which corresponds to a dispersion of 42% with ref-
rence to the mean value (0.74 A cm−2). This is significantly lower
han the dispersion observed in co-flow.
ow configuration, uniform temperature, E = 0.7 V, T = 70 ◦C (hydrogen inlet in 0, air

As expected, the average current density is higher at 75 ◦C than
at 70 ◦C and this time, it begins to decrease slightly sooner at 75 ◦C
as the liquid disappears. One again, the prevailing phenomenon in
terms of fuel cell performance is the enhancement of the cathode
exchange current density jC0 (35): the improvement of the aver-
age current density reaches about 17% by reference to the value
obtained at 70 ◦C. The effect of temperature is higher than in co-
flow because of the small impact of the saturation pressure on
membrane hydration, the fuel cell being hydrated mostly by liquid
water.
Fig. 13. Current density profile along the cell as a function of (uniform) temperature.
Default simulation parameters, counter-flow mode (hydrogen inlet in 0), air inlet in
1, E = 0.7 V.
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Table 3
Fuel cell electric power as a function of temperature and of the direction of gases
and cooling water. Other parameters are given in Table 2.

Temperature model Gas flow configuration

Co-flow Counter-flow

Tuniform = 70◦C 163.0 W 176.4 W
Tuniform = 75◦C 186.6 W 206.3 W
Cooling water flow in the same 174.2 W 187.1 W

◦

ig. 14. Current density profiles along the cell as functions of the direction of the
ow of cooling water. Co-flow configuration for gases, default parameters, E = 0.7 V.

ooling (- - -) or counter-flow cooling (· · ·). As mentioned earlier
Section 4.2), the water flow rate is adjusted so that its tempera-
ure rises from 70 ◦C at the inlet to 75 ◦C at the outlet. Figs. 14 and 15
epict the corresponding current density and temperature profiles.
or comparison, those obtained with uniform temperatures (70 ◦C
-·-·-·) and 75 ◦C (—)) and discussed in Section 5.2.1 are also plotted
n Fig. 14. In Figs. 14 and 15, air and hydrogen flow in the same direc-
ion but the values of the electric power obtained in the co-flow
onfiguration are reported in Table 3.

It appears clearly from the results of Table 3 and of Fig. 14 that
he fuel cell performances depend mostly on the mean value of the
emperature, which confirm that over this range of operating con-
itions, the prevailing parameter is the cathode exchange current
ensity jC0 (35). On the other hand, the comparison between the
reen (- - -) and red (· · ·) curves in Figs. 14 and 15 put forward some
ualitative effects of the direction of the flow of cooling water: for

nstance, counter-flow cooling lowers the fuel cell temperature and

hus promotes water condensation close to the gas channel exits. It
lso improves the current density close to the gas inlets. On the con-
rary, co-flow cooling delays the appearance of liquid water close
o the gas exits but reduces the current density near the gas inlets.

ig. 15. Temperature profiles along the cell as functions of the direction of the
ow of cooling water. Co-flow configuration for gases, default parameters, E = 0.7 V.
T〉 = 72.48 ◦C with co-flow cooling and 〈T〉 = 72.38 ◦C with counter-flow cooling.
direction as H2, TIN = 70 ◦C
Cooling flow in the opposite direction

as H2, TIN = 70 ◦C
174.4 W 187.8 W

Fig. 15 shows that the slope of the temperature profiles are linked
to the variations in current density. The lowest slope (i.e., the low-
est heat flux from the fuel cell to the cooling water) corresponds to
the highest local current density. The cell mean temperature does
not show any significant changes (〈T〉 = 72.48 ◦C with a cooling in
co-flow and 〈T〉 = 72.38 ◦C in counter-flow).

In order to highlight the effect of the temperature on the mem-
brane hydration, the operating conditions are modified so that
gases are introduced with a very low humidity (2% RH for hydro-
gen and 10% RH for air). Then the gases and cooling water inlet
temperature is set either to 40 ◦C (©) or 70 ◦C (♦). The correspond-
ing current density profiles are plotted in Fig. 16 (air, hydrogen, and
the cooling water flow in the same direction).

In the previous cases, the cathode exchange current density jC0
was governing the results and the current densities were always
better at the highest temperatures. Fig. 16 shows that when the
humidification of gases is low, the membrane hydration becomes
the limiting phenomena so that over a large fraction of the channel
length (between 0 and 45%), the current density is equal or higher at
low temperature (©) than at high temperature (♦): due to the low-
est vapour saturation pressure at 40 ◦C (0.073 bar instead of 0.3 bar
at 70 ◦C) the production of water by the fuel cell leads to a signifi-
cant increase of the relative humidity of the gases, of the membrane
hydration, and of its ionic conductivity. Close to the fuel cell inlet,
the lower membrane resistance at 40 ◦C prevails over the higher
exchange current density at 70 ◦C. On the other hand, Fig. 16 also

shows that flooding of the electrodes appears early at 40 C (starting
from 25% of the total channel length), which results in a stagnation
of the current density downstream whereas it rises steadily along
the channel at 70 ◦C.

Fig. 16. Impact of temperature on current distributions in dry conditions. The gases
and the cooling water flow in the same direction. E = 0.6 V. The cooling water flow
rate is adjusted so that its temperature rises by 5 ◦C between inlet and outlet.
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Fig. 17. Current density profiles with different operating conditions. Plain lines:
default parameters except that in the “wet” case, the inlet RH of hydrogen is set
to 85% while in the “dry” case, the inlet temperature is increased to 80 ◦C and the
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Fig. 18 (left) shows the fuel cell voltage and electric power as

F

ydrogen stoichiometry is set to 3. Dotted lines: same conditions but the air RH
s increased to 85%. E = 0.6 V. The cooling water flow rate is adjusted so that its
emperature rises by 5 ◦C between inlet and outlet.

Since the membrane hydration, the electrodes flooding and the
xchange current density can have antagonist effects on the cell
erformance, different sets of operating parameter can lead to the
ame values of voltage and current intensity. This is illustrated in

ig. 17 by the comparison of the current density profiles obtained by
odifying a few of them starting from the default values of Table 2.

n the “wet” case, the inlet relative humidity of hydrogen is set
o 85% while in the “dry” case, the (gases and cooling water) inlet

ig. 18. Voltage and electric power (left) and water transport coefficient (right) vs. mean
urces 195 (2010) 5213–5227

temperature is increased to 80 ◦C and the hydrogen stoichiometry
is set to 3. In both cases, the average current density is equal to
0.735 A cm−2, in spite of the difference in the profiles. However,
the fuel cells response to a change in one of the common parame-
ters can be different: for instance, if the air inlet relative humidity
is increased from 70% to 85%, the current density remains equal
to 0.735 A cm−2 when liquid water is already present in the cell
while it rises up to 0.819 A cm−2 in the other case. Indeed, since the
channels are initially dry, the membrane resistance decreases from
0.144 to 0.133 � cm2 (Fig. 17). These results show that the knowl-
edge of the local current densities can be useful to understand and
to predict the behavior of the fuel cell.

5.3. Fuel cell performance and water management

Included in this section is a discussion of the fuel cell global
performance (in terms of voltage and mean current intensity)
dependence on the operating parameters. Some results about the
water transport coefficient are also presented. The water transport
coefficient ˛ − ˛0 is defined as the net water flux through the
membrane divided by the water production. ˛ denotes the ratio
between the outlet anode water flux and the water production
while ˛0 is the ratio of water fed to the fuel cell with hydrogen to the
water production. For simplicity, the fuel cell is assumed isother-
mal and the default values of the parameters are those given in
Table 2.

5.3.1. Fuel cell performance and water transport coefficient in
standard conditions
a function of the mean current density and of the gas flow con-
figuration. The curves are similar in shape in both cases but the
performance is always better in counter-flow mode. The difference
is weak at low current density, showing that the gas flow config-

current density in co-flow and counter-flow mode. Uniform temperature, T = 70 ◦C.
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ig. 19. Water transport coefficient and mean current density dependence on the
o- and counter-flow. Constant voltage, U = 0.7 V, and uniform temperature, T = 70 ◦

ration has no significant impact on the activation losses, but it
ncreases with the current density as an effect of the better mem-
rane hydration. Note that the difference between the maximum
ower estimated in co-flow and in counter-flow reaches 11% (by
eference to the lowest value).

It appears in Fig. 18 (right) that the net water transport coeffi-
ient remains positive whatever the current density but its values
re low in spite of the difference between the air and hydrogen inlet
elative humidity (70% and 10%, respectively). However, the plots of
he water transport coefficient ˛ − ˛0 vs. the mean current density
how a strong difference in behavior: it increases in counter-flow
ut decreases in co-flow. In both cases, the values seem to con-
erge to about 4.5% for current densities above 1.5 A cm2. The water
ransport coefficient is always lower in counter-flow.

.3.2. Fuel cell performance and water transport coefficient as
unctions of the operating conditions

In the following, the fuel cell voltage is kept constant (E = 0.7 V).

.3.2.1. Humidity of air and hydrogen. Fig. 19 shows the variations
f the water transport coefficient and of the current density as func-
ions of the hydrogen (left) and air (right) inlet relative humidity.
he effect of the hydrogen relative humidity does not depend on the
ow direction of the gases: in each case, the water transport coef-
cient ˛ − ˛0 decreases (until −25%) as the hydrogen RH increases
Fig. 19, top left), which means that the water flow rate at the anode
utlet can be lower than at the inlet.
In standard conditions (RHIN
A = 10% and RHIN

C = 70%, the mem-
rane mean ionic resistance is 0.135 � cm2 in co-flow instead of
nly 0.089 � cm2 in counter-flow because of a less homogeneous
ydration. As a consequence, the mean current density improves
by about 5%) when the hydrogen inlet RH increases from 10% to
e humidity of hydrogen (left, with RHIN
C

= 70%) and air (right, with RHIN
A

= 10%) in

100% (Fig. 19, bottom left). The membrane ionic resistance reaches
0.108 � cm2 when the hydrogen inlet RH is equal to 90%. On the
contrary, in counter-flow, both the membrane ionic resistance
and the current density remain constant as the hydrogen inlet RH
increases.

In co-flow, the water transport coefficient is only slightly sen-
sitive to the air inlet relative humidity (Fig. 19, top right), its value
rising from 4% to 7%. In counter-flow, its variations are slightly more
important but they remain lower than 7 percentage points over the
entire range of air inlet RH. However, one can note that ˛ − ˛0 is
negative when the incoming air is dry and positive when it is well
humidified. An increase of the water transport coefficient with the
air inlet relative humidity has been also observed experimentally
by Colinart et al. [60].

In co-flow and counter-flow, the current density increases sig-
nificantly with the air inlet relative humidity (Fig. 19, bottom right).
In counter-flow, a maximum can be observed close to RHIN

C = 70%,
beyond which the fuel cell performance decreases slightly because
of the accumulation of liquid water on the electrodes and in the
gas diffusion layers, as shown by the subsequent increase of the
cathode overpotential. The membrane ionic resistance is also very
sensitive to the humidification of air: in co-flow, it decreases from
0.380 to 0.128 � cm2 when RHIN

C increases from 20% to 70%; in
counter-flow the same behavior is observed, but with only a slight
reduction beyond RHIN

C = 70% (Rmem = 0.092 � cm2 for RHIN
C = 70%

and Rmem = 0.088 � cm2 for RHIN
C = 100%).
5.3.2.2. Stoichiometry of air and hydrogen. Fig. 20 shows the varia-
tions of the water transport coefficient and of the current density
as functions of the stoichiometry of hydrogen (left) and air (right).

The effects of the hydrogen stoichiometry on the water trans-
port coefficient do not depend on the flow direction of the gases: in
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right, with an important increase followed by the stabilization of
ig. 20. Water transport coefficient and current density vs. the stoichiometry of hyd
oltage U = 0.7 V and uniform temperature T = 70 ◦C.

ach case, ˛ − ˛0 rises significantly (up to 40 percentage points) and
lmost linearly with �H2 (Fig. 20, top left). These results are consis-
ent with those of Büchi and Srinivasan [61]. As far as the current
ensity is concerned, the results depend on the flow direction of the
ases. In co-flow, the current density decreases significantly with
H2 as a results of an increase of the membrane ionic resistance

n the presence of dry hydrogen (Rmem = 0.128 � cm2 for �H2 = 1.3
nd Rmem = 0.173 � cm2 for �H2 = 3). In counter-flow, the current
ensity shows no variations with �H2 because of the better hydra-
ion of the membrane (Fig. 20, bottom left): the macroscopic state of
he cell remains unchanged as the hydrogen stoichiometry varies.
When the air stoichiometry increases from 1.1 to 4 (Fig. 20, top
ight) the water transport coefficient ˛ − ˛0 decreases very slightly
n counter-flow. In co-flow however, it drops by more than 7 per-
entage points and its value seems to tend toward about 5%. When

Fig. 21. Water transport coefficient and mean current densitie
(left, with �Air = 2) and air (right, with �H2 = 1.3) in co- and counter-flow. Uniform

the air flow and thus the air stoichiometry are low, the satura-
tion and the relative humidity in the air channel becomes rapidly
high close to the inlet. In co-flow this leads to an important water
flux through the membrane toward dry hydrogen but in counter
flow, this water flux is blocked by the saturation of the hydro-
gen flow near the exit and ˛ − ˛0 remains constant whatever the
air stoichiometry. This result is consistent with the experimental
observations of Colinart et al. [60].

The effects of the air stoichiometry on the mean current density
are qualitatively identical in co- and counter-flow (Fig. 20), bottom
the values above �Air = 3: this is due mostly to the oxygen starvation
at low air stoichiometry (in co-flow for instance, the mean oxygen
molar fraction in the catalyst layer is 9.7% for �Air = 1.2 and 15.9%
for �Air = 4).

s vs. temperature. Co- and counter-flow modes. U = 0.7 V.
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.3.2.3. Temperature. The variations of the water transport coeffi-
ient and of the current density with the temperature are plotted in
ig. 21. The results do not depend significantly on the flow direction
f air and hydrogen. The water transport coefficient shows only a
mall dependence on the temperature below 70 ◦C but it increases
ore steeply at higher temperatures: in co-flow, ˛ − ˛0 = 3.7% at

0 ◦C, ˛ − ˛0 = 4.8% at 70 ◦C and ˛ − ˛0 = 18% at 90 ◦C. The current
ensity is very sensitive to the temperature: in counter-flow, it
eaches only 0.1 A cm−2 at 30 ◦C and 1.2 A cm−2 at 90 ◦C. The results
epend on the direction of the flow of the gases only above 60 ◦C
ith, as expected, higher values in counter-flow because of the

etter hydration of the membrane.

. Conclusion

In this paper, we report results of a polymer membrane fuel cell
odel which was developed for control purposes with the objective

o compute rapidly water and current density distributions what-
ver the operating conditions. Therefore, a compromise had to be
chieved between the structural complexity of the membrane, gas
iffusion and active layers, the complexity of the two-phase flows,
nd the simplicity and robustness of the numerical code. That is the
eason why a pseudo-2D approach was chosen. A special emphasis
as laid on the analysis of the two-phase flow in the gas diffusion

ayers and of its link with the saturation at the electrode. The impact
f the presence of liquid and vapour on the fuel cell performance
as thoroughly depicted. The model also allows to simulate and to

ompare different flow configurations regarding gases (hydrogen
nd air can flow in the same or opposite direction) and the cooling
ater.

The flow direction of cooling water does not seem to have sig-
ificant effect in terms of fuel cell global performance, although it
odifies the current density distribution along the cell. The pre-

ailing parameter is the mean temperature, not the temperature
rofile.

On the other hand, the direction of air and hydrogen can modify
reatly the fuel cell mean current density and the net water trans-
ort coefficient. In all of the tested cases, the counter-flow mode
as preferable. Furthermore, it results in constant performance

egardless of the hydrogen inlet relative humidity or stoichiometry
hanks to a more homogeneous membrane hydration.

Of course, the flow of gases in actual fuel cells do no correspond
ecessarily to either co- or counter-flow modes but the model con-
rms that an optimized design of the flow field channels should
esult in a more stable operation.
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